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High-fidelity three-dimensional (3-D) simulations of multiphase flow and mixing in
dilute bubble swarms were performed using the Euler-Lagrange simulation approach.
Included was species transport, as well as complex chemical reactions in the simula-
tions. It was found that the algebraic SGS model satisfactory predicts experimental
data for the mean flow field. A detailed description of multiphase flow was used and
developed to simulate the time evolution of scalar and reactive mixing in a bubble col-
umn. An analysis involving the scale of segregation ®, a metric that characterizes the
mean driving force for mixing, is applied for the first time to multiphase flow. The
study shows that ® is inversely proportional to the bubble diameter at constant
gas-feed rate, but only a weak function of the gas-feed rate. Also, we observed signifi-
cant differences of mixing metrics in reactive and nonreactive systems. © 2010 Ameri-
can Institute of Chemical Engineers AIChE J, 56: 2421-2445, 2010
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Introduction

Reactive multiphase flows can be found in many applica-
tions in the chemical, pharmaceutical and biotechnology
industries. Typical examples include the Fischer-Tropsch
synthesis,1 catalytic hydrogenations,2 oxidations,® the pro-
duction of benzoic acid* or the aeration of bioreactors, e.g.,
for the production of penicillin or EPO.” However, a detailed
mathematical description of these flows is still challenging,
since the interaction of mixing, mass transfer and the (bio-)
chemical reactions dominates the yield, selectivity or produc-
tivity of the reactor, which complicates the design and opti-
mization of such processes. For example, certain cell cul-
tures are highly shear-sensitive and vigorous agitation, while
improving mass transfer and mixing, maybe reduce produc-
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tivity and product quality due to shear-related necrotic and
apoptotic effects or due to damage of the target protein.
Another well-known example for mixing-sensitive reaction
systems of industrial interest are catalytic oxidations using
pure oxygen.

In order to study reactive multiphase flows in detail, ex-
perimental and numerical methods have been used in the
past. State-of-the-art experimental tools include the use of
laser optical methods (laser-Doppler-anemometry, LDA; as
well as phase-Doppler-anemometry, PDA) for bubbles up to
1 mm in dia., as well as tomographic methods and particle
image velocimetry (PIV) for systems involving larger bub-
bles. Using the latter technique it is possible to determine
the velocity fields of both phases and to measure the shape
and size of individual bubbles using specialized illumination
techniques.® Such methods are crucial for the model valida-
tion of bubbly flows and have encouraged many groups to
perform highly detailed numerical simulations of these flows.
Also, concentration fields around single bubbles have been
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measured using the laser-induced fluorescence technique
(LIF).”'° In these methods, a laser sheet is used to record
the instantaneous concentration fields of a dissolving, non-
reacting species in the liquid phase. For example, Bork
et al.” have combined LIF with PIV to develop a novel
mass-transfer correlation for bubbles with wake shedding.
However, all of these studies concentrate on the dissolution
of an inert scalar and a direct experimental quantification of
chemical reactions in the vicinity of gas-liquid interfaces of
bubbly flows has not been reported. The same is true for the
direct quantification of scalar mixing within bubble swarms.
Experimental studies in literature involve either very simple
qualitative experiments using ink (see, e.g., Wiemann'') or
more quantitative techniques, using radioactive particles
(see, e.g., Yang et al.lz), liquid phases with different temper-
atures (see, e.g., Lorenz et al.l3), or colored solutions to-
gether with photometers (see, e.g., Yang et al.'*). When
using these quantitative techniques it is not possible to mea-
sure the instantaneous concentration of a tracer substance in
the whole flow field, but only at distinct locations. Conse-
quently, scalar mixing can be quantified only by integral pa-
rameters, e.g., an axial dispersion coefficient. To the best of
our knowledge, the details of (spatially resolved) scalar mix-
ing in a bubble column have not been the focus of experi-
mental studies so far. For the Becker case studied in this
work, not even experimental data for scalar mixing in terms
of integral parameters (e.g., dispersion coefficients) exist.

For the computational analysis of bubbly flows different
methods have been developed, each of them having different
advantages and drawbacks. An overview over the currently
available approaches and future challenges can be found in
Sundaresan,'” as well as in Koynov and Khinast.'® Also,
Sommerfeld and Decker'” provide a detailed overview of the
subject with a focus on stirred tanks.

In analogy to single-phase simulations, a variety of meth-
ods can be used to describe turbulent flows in multiphase
reactors, including (a) a full resolution of all scales with
direct numerical simulations (DNS), (b) the use of a filtered
set of the momentum equations via so-called large eddy sim-
ulations (LES), and (c) the use of the ensemble-averaged
Navier-Stokes equations, either steady or unsteady, often
referred to as the Reynolds-averaged-Navier-Stokes (RANS)
approach.

Currently, the most detailed methods allow the analysis of
the deformation of individual bubbles, which are here
referred to as multiphase direct numerical simulations
(MDNS), because they usually involve DNS of all the
phases. These techniques include the volume of fluid method
(e.g., the recent work by Kim and Lee'®), Lagrangian meth-
ods (where the grid follows the gas-liquid interface, e.g., Li
et al.'”” and Hameed et al.zo), as well as the front-tracking
(FT) method introduced by Unverdi and Tryggvason.21 The
latter method has attracted numerous groupszz_29 to study
also mixing effects including chemical reactions. For exam-
ple Koynov, Khinast and Tryggvason®* used the FT method
for the first time to study reactive bubble swarms (~100
bubbles) with fully-resolved deformable and dynamic inter-
faces.”? Earlier work by our group also included heterogene-
ously catalyzed reactions close to bubbles.*

Another approach is the Euler-Euler (EE) method, which
treats the involved phases as interpenetrating continua. The
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advantage of this method is that the number of particles is
not limiting, as there are no particles or bubbles. Hence, the
simulation of large-scale reactors becomes feasible. How-
ever, the interface between the phases is not resolved, and,
consequently, sophisticated closure models that predict the
local bubble size have to be used to correctly describe the
interaction of the involved phases. Often, a population bal-
ance equation (PBE) needs to be solved in conjunction with
mass, momentum and possibly the energy balance, which is
computationally demanding. In addition it can cause instabil-
ities in the solution procedure and is still a topic of active
research, as breakage and coalescence kernels cannot be pre-
dicted from theory alone and remain somewhat of a fitting
parameter.'=!

The last major approach is the Lagrangian particle track-
ing (LPT) method in which the disperse phase, e.g., the indi-
vidual bubbles, are tracked in the flow field as point sources.
The motion of the continuous phase is solved on an Eulerian
frame of reference. Therefore, this approach is often referred
to as Euler-Lagrange (EL) approach.’” It has been first
applied to gas-solid flows in the mid 90’s.* 34 For the EL
approach direct numerical simulations of the continuous
phase, i.e., a full resolution of all length scales (Nierhaus
et al.35), as well as the filtered Navier-Stokes equations36
have been reported. One of the first applications of the EL
approach for bubbly flows was the work of Delnoij et al.*?
who solved the governing equations on a 2-D grid. In the
same year Tomiyama et al.’ reported a similar approach on
a three-dimensional grid. The EL approach has been also
extended to gassed stirred tanks. A recent example is the
work of Arlov et al.*® However, all of these studies are con-
cerned with the multiphase flow only and do not focus on
mixing or chemical reactions (see in the following) within
the gas and/or liquid phase.

Since a full resolution of individual bubbles in a realistic
system (there are approximately 1.5-10° bubbles/m® assum-
ing a bubble diameter of 5 mm, and a gas holdup of 10%) is
still computationally infeasible, the EL approach has signifi-
cant potential of becoming the standard method for the
detailed analysis of multiphase flow and mixing. This is
because the modeling effort is lower compared the EE tech-
nique. For example, the change in bubble size due to coales-
cence and breakage of bubbles can be easily captured
directly using the EL approach. In contrast, in the EE
approach a separate PBE has to be solved for that purpose.

Nevertheless, several issues need to be addressed in the EL
method, including (a) the development of more reliable
schemes to map Lagrangian properties onto the Eulerian frame
of reference and vice versa,”” (b) a detailed treatment of bub-
ble-wall and bubble-bubble collisions, (c) sophisticated mod-
eling of the subgrid-scale velocity fluctuations,*®** as well as
(d) the inclusion of coalescence phenomena.27 In a recent
example, Hu and Celik™ published a LPT study for relatively
large individual bubbles. For the backward coupling or
Lagrange-to-Euler mapping (i.e., the forces exerted on the lig-
uid phase by the bubbles), they used a novel approach called
the “particle-source-in-ball” (PSI-ball) concept. Darmana®’
used a special approach in which it is possible for bubbles to
become larger than individual cells of the Eulerian grid. He
considered also the local liquid-phase volume fraction in the
momentum equation, i.e., the replacement of the continuous
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phase by dispersed bubbles. This more advanced treatment of
the continuous phase dates back to the work of Delnoij et al.*?
When taking the continuous phase volume fraction into
account, the EL approach can also be used to study dense bub-
ble swarms, i.e., a high local gas holdup. To cope with the
large number of bubbles in such cases, it is possible to track
bubble clusters instead of individual bubbles.'” Also, coales-
cence and breakage can be accounted for in the EL approach
as discussed in this article.

In multiphase reactor, the understanding of the impact of
the multiphase flow on the chemical reactions is another
import aspect. As typically chemical reactions usually take
place only in the liquid phase or on the surface of a solid
catalyst, the correct prediction of mixing in the liquid phase
is of great importance.*> Hence, a quantification of micro-
mixing (i.e., mixing on the smallest scales), mesomixing
(i.e., mixing on intermediate scales) and macromixing (i.e.,
mixing on the reactor scale) is required to characterize and
predict the performance of the reactor.

Over the past few years, several researchers have analyzed
mixing and chemical reactions in multiphase systems. In the
beginning, studies focused mostly on experimental techni-
ques in single-phase systems, e.g., by the use of so-called
Bourne reactions**™’ or the reaction of iodine with tyro-
sine.*® Frequently, competing reactions were used which
yield different product distributions depending on the effi-
ciency of micromixing.**~" Recent experimental methods in
the field of multiphase mixing also include the tracking of
radioactive particles.52 Furthermore, conductance measure-
ments in simple tracer experiments are still popular to study
macromixing in bubble column reactors.’>~® Other methods
for the detection of tracers are summarized in the publication
of Joshi.”” However, these experiments provide only an inte-
gral picture of macromixing in these reactors. Micro- and
mesomixing cannot be quantified.

In the area of micromixing in bubbly flows, the first compu-
tational studies on nondeformable 2-D bubbles were reported
by Khinast™ and later extended to fully deformable bubble
swarms in complex fluids involving arbitrary chemical reac-
tions.**2® Also, it became possible with the aid of massively
parallelized computer software to study mass transfer around
3-D bubbles.?’ However, this work was limited to cases with
unrealistically low Schmidt numbers (S¢ = 1) in the continu-
ous phase. In addition, it was shown that the results of these
high-fidelity reactive micromixing simulations can be
described to some extent by simplified models.>* Also, recent
studies of (micro-) mixing of a fluid with granular particles
were reported,”® encouraging future work in this area. How-
ever, a detailed analysis of mixing including mass transfer has
not been reported,’® and is also missing in most of the litera-
ture dealing with multiphase mixing.

Macromixing in bubble-column reactors was studied
numerically by various researchers using virtual tracer
experiments.® > These simulations focus on the analysis of
an inert tracer in the liquid phase, and, hence, are not involv-
ing the effects of mass transfer and reaction. Also, they are
incapable — same as real tracer experiments — to quantify
the local distribution of mixing, as well as the temporal fluc-
tuation. Hence, a detailed multiscale quantification of the
local distribution of mixing rates cannot be found in litera-
ture as of yet.
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In summary, there has been significant progress in describ-
ing flow and mixing in multiphase systems at the micro- and
macroscales. These studies focused mainly on an integral mea-
sure for mixing (e.g., an axial dispersion coefficient) or were
concerned with microscale mixing. However, the quantifica-
tion of mixing on the mesoscale, i.e., on the level of a bubble
plume, has not been reported. Furthermore, nearly all of the
experiments and simulations reported in literature were con-
cerned with a tracer already dissolved in the liquid phase.
Thus, conclusive results for the effect of mass transfer on the
distribution of an inert scalar are scarce. An exception is the
work of Darmana.”’” However, they did not investigate the
effects of the process parameters on mixing and chemical
reactions, nor did they model these effects. Consequently, the
analysis of mixing involving mass transfer still requires a sig-
nificant amount of research as systematic studies highlighting
the interaction of mass transfer, mixing and chemical reactions
in large bubble plumes are rare, especially for mesoscale
effects. Even fundamental concepts describing these mesomix-
ing effects and the interaction of mesomixing with the micro-
and macroscales are still absent. Thus, it is the aim of this
study is to provide the basis for such a concept.

Objectives

The objective of this article is to analyze in detail the
flow, mixing and the chemical reactions in a bubbly flow,
which are encountered in many industrial applications
including bubble column reactors and bioreactors. Specifi-
cally, it is our goal to:

e perform validated, state-of-the-art simulations of large
bubble swarms (up to 100,000 bubbles) including species
transport and chemical reactions based on large eddy simula-
tions (LES),

e study the numerical aspects of the simulation tool,

® apply our simulation code to highlight the relative im-
portance of several parameters on inert and reactive mixing
in large bubble swarms, and

e provide novel perspectives for a rigorous modeling of
the mixing effects in bubble swarms.

For this purpose, we first present an advanced numerical
method for analyzing in detail the multiphase flow and mix-
ing in dilute bubble columns. Subsequently, we employ
state-of-the-art tools for the analysis of mixing that we adopt
from single-phase mixing studies. Thus, we can present for
the first time a detailed picture of multiphase mixing in
dilute bubble swarms by means of computer simulations.
Also, we are the first that systematically analyze the effect
of process parameters on inert and reactive mixing in large
bubble swarms. Finally, we focused on the distribution of
the scale of segregation in multiphase systems with and
without mass transfer. This is a completely new aspect on
how to analyze mixing in these complex systems.

Problem Formulation
Multiphase flow

In this work, we use an LES-based Euler-Lagrange
method to study flow, mixing and reactions in an unstirred
bubble columns. The momentum balance equations for
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multiphase flow consist of the filtered incompressible Nav-
ier-Stokes equations for the liquid phase and Newton’s equa-
tion of motion for the disperse phase. The boundary condi-
tions for the filtered Navier-Stokes equations include the typ-
ical conditions for the liquid phase at the wall (no-slip, as
well as closures for the subgrid-scale stress), as well as a
perfect-slip condition at the top outlet of the bubble column
(to mimic an inviscid gas-phase top layer). The interaction
of the liquid phase with the disperse phase is incorporated
via source terms in the momentum equation, i.e., we perform
a full two-way coupling of the involved phases. The initial
conditions for the disperse phase, i.e., Newton’s equation of
motion, consist of specified position and velocity at the inlet.
At the boundaries we perform an inelastic bounce back of
the disperse phase with a coefficient of restitution of 0.9.

Following Darmana®’ the filtered continuity and momen-
tum balance equation for the continuous phase can be writ-
ten as

BV () =0 ()
0L\ (i) = —e- VP — V- (o 7) + o1 pp g+ O
ot prLu éL - vp eL-TL) téL-pL -8
@
with
GL=rcLop @ 3)

Here pp is the (constant) liquid density, ¢ is the liquid-
phase volume fraction, and u is the filtered velocity vector
of the liquid phase. Note, that we have neglected the mass
transfer between the two phases in the continuity equation
(Eq. 1) since its contribution is very small. This is due to the
fact that we concentrate on dilute bubble swarms, and,
hence, mass-transfer rates for reactive, as well as nonreactive
systems are typically negligible compared to the total liquid
mass in these systems. In the momentum equation Eq. 2, ¢,
is the filtered liquid-phase mass flux, p is the resolved pres-
sure, Ty is the liquid-phase stress tensor, g is the gravita-
tional acceleration vector, and @ is the volume-specific cou-
pling force exerted by the dispersed phase (see the Numerics
section of this article).

The liquid-stress tensor needs additional modeling. Here,
we use the eddy viscosity concept and calculate the total
stress from an effective viscosity

2
ﬁ:—mw,(va+v#)—?lmv-m 4)

The effective viscosity is the sum of the molecular and
subgrid-scale viscosity in the liquid phase psgs.L

Hefrr, = Mi, + Usgs,L- ©)

In most of our simulations the turbulent viscosity is calcu-
lated from a simple algebraic model, i.e., the standard Sma-
gorinsky model

tscs = P - (Cs - A)2 : |§‘ (6)
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Here, C; is the Smagorinsky constant with a typical value
of 0.1, A is the filter length, and S| is the magnitude of
the filtered strain rate tensor. The filtered strain rate tensor is
defined as

1

S:Emva+vfy (7

The implementation in our code for the calculation of
Uscs, 1s slightly different from Eq. 6 as we first calculate
the subgrid-scale kinetic energy k from Eq. 8. This imple-
mentation enables a separate calculation of k and psGsp.
which can be useful for comparison purposes

2-Cr o e
k=——-A"-|S 8
AR ®

In Eq. 8, C; and C, are model constants.

Having calculated k, the subgrid-scale viscosity is calcu-
lated from

fsasL = P Cr - Vk- A ©

After substituting Eq. 8 in Eq. 9, we recover Eq. 6 with
the relation

1
2.c\ *
cf:((fq (10)

In addition to the algebraic model, we have used a more
advanced differential subgrid-scale model to account for
nonresolved turbulent fluctuations. The one-equation model
used in this work solves the following differential equation
for the subgrid-scale kinetic energy k*

ak N ﬂef]",L .= .q

Here ¢ is the subgrid-scale energy dissipation given by

C. kP
¢=— (12)
The subgrid-scale viscosity is then calculated according to
Eq. 9. When using these algebraic and differential subgrid-
scale models, we exclude the effect of bubble motion on the
generation of the subgrid-scale fluctuations, i.e., so-called
bubble induced turbulence (BIT). The influence of BIT on
the subgrid-scale viscosity could be modeled by using (for
example) the model of Sato and Sekoguchi.** However, the
studies of Deen et al.,>® as well as of Niceno et al.* indicate
only marginal effects of BIT on the mean and fluctuating
flow field in dilute bubble swarms. Hence, the exclusion of
BIT from our simulations is justified and in line with previ-
ous work published in that field.?”* In our work, we use
wall functions for the computation of the subgrid-scale vis-
cosity near the no-slip boundaries. This treatment of the
walls can be used for a wide range of dimensionless wall
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Figure 1. Forces acting on a particle.

distances, as it incorporates the velocity profile from the
laminar, to the buffer and the fully turbulent region.®® We
specifically use the following (implicitly-defined) dimension-
less velocity profile near the wall, which was initially intro-
duced by Spalding66

y =u

1 1
tE° exp[rc-u*]—1—K-u*—i-(K-u*)z—g-(ic-u+)3

(13)

Here, y" = yg - u./v and u™ = Tp/u, denote the dimension-
less wall distance and the dimensionless velocity profile,
respectively. yo, u,, Uy and v are the wall normal distance of
the first computational cell near the wall, the friction veloc-
ity, the filtered wall parallel velocity in the first computa-
tional cell near the wall, and the kinematic velocity of the
liquid phase, respectively. In our code we directly insert the
definition of the nondimensional variables y" and u* in Eq.
13 to obtain a nonlinear equation for u,. Using an initial
guess for u,, we then solve iteratively for the friction veloc-
ity using a Newton algorithm. The wall-shear stress can then
be calculated directly out of u,. Details of this procedure can
be found in deVilliers.*®

Newton’s equation of motion for each individual bubble is
(see Figure 1)

dU
mp'E:FG+Fp+FD+FL+FA (14)

Here m,, is the mass of the particle, i.e., the bubble, U is the
velocity vector of the bubble, Fg is the gravity force, F, is the
force due to a pressure gradient, Fp is the drag force, Fy, is the
lift, and F, is the added-mass force. The models for each of
these forces are summarized in Table 1. Throughout our work,
we assume that the spin of the bubble is equal to the fluid spin
surrounding the bubble. This is justified by the very low den-
sity of the gas inside the bubble, resulting in a negligibly small
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moment of inertia of the bubble. Thus, we do not need to solve
the conservation equation for rotational momentum, hence,
saving computation time and memory. In our work, we use the
standard drag curve®” for a rigid sphere to account for the drag
forces the bubble experiences. This is thought to represent the
conditions in experimental systems (e.g., that of Becker®®)
reported in literature best, since already small amounts of con-
taminations in the liquid phase cause bubbles to behave like
rigid spheres. The model used for the lift force dates back to
the PhD thesis of Auton® and takes into account forces due to
velocity gradients, i.e., vorticity, in the liquid phase. This
model is valid for homogeneous bubble flows, i.e., for cases
where both bubble radius and liquid-phase vorticity are
small.*>”° It is well established for Euler-Lagrange modeling
of gas-liquid flows (see for example Darmana®’). Note that we
neglect Magnus lift forces as we already assumed identical
rotation rates of the bubbles and the surrounding liquid. The
model for the added mass force was adapted from Hu and
Celik,” and is suitable for describing this type of forces in
dilute bubble swarms. The lift and added mass coefficient
were chosen as C; = 0.53 (based on Auton®), and C4 = 0.5
(based on Hu and Celik39), respectively. In our work, we have
neglected the Basset history forces, since it has been shown by
both simulations,”" as well as experiments’? that it is negligi-
bly small in the flow of small bubbles around 1 mm. In Eq. 14
d/dt refers to the substantial derivative along the particle tra-
jectory. More details on the procedures of how to obtain the
values of relevant variables at the bubble position are detailed
in the Numeric’s section.

Species transport

The species conservation equation for species i in the lig-
uid phase is

ey - T, ) )
%“r V . (SL . IZY,) = v . (SL 'Deﬁ‘,i . VYI)
-~ O(eLmean)
+q’N‘f+'9L';vu-f‘j+Yr% (15)
Dett; = D; +% (16)
pL - Sesas

Here Y; is the filtered concentration of species i in the lig-
uid phase, D; is the molecular diffusion coefficient, and

Table 1. Force Models used for the Lagrangian Particle

Tracking
Force Model Equation
Fg m, - g
F, ~V, - VP
FD _CD '%pL . ‘Urell ° Urel ° Acmssv
Ug=U — (ﬁ + uﬂuct):
o — | 2o, - (1+0.15-ReS™7), Re, < 800
0.44, Re, > 800
Rf‘p — ‘Urell‘:;]p'ﬂl_
FL 7CL-pL'Vp'Urel><w,(J):VXli
Fa —Ca-pp-Vp '%Urel
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Scsgs 1s the subgrid-scale Schmidt number. The last term in
Eq. 15 accounts for the artificial addition/removal of the lig-
uid phase to ensure the overall conservation of the two-phase
mixture in the computational domain (refer to the Numeric’s
section for more details). Furthermore, v;; is the stoichiomet-
ric coefficient of reactant i in the homogeneous liquid-phase
reaction j, and r; is the reaction rate of reaction j. A value of
Scsgs = 0.7 is used in most of the simulations performed in
this work, as this value is frequently reported in numerous
computational studies on scalar mixing. However, there is
significant discussion regarding the value of the subgrid-
scale Schmidt number for LES depending on the flow situa-
tion. Unfortunately, LES studies investigating this parameter
are scarce. For example, a value of Scsgs = 0.5 has been
suggested by Tominaga and Stathopoulos.73 Others used the
molecular Schmidt number (Darmana®’ as well as Feng et
al’) or suggested Scsgs = 0.4 (Fox"). Consequently, we
have investigated the impact of Scgss on our calculations for
mixing (see the Results section).

The volumetric source term @y is related to the mass-
transfer rate from the bubble swarm according to

ON;
O =5y

a7

Here OV is the differential volume on the Eulerian grid,
and ON; is the differential mass transfer from the disperse
phase to this differential volume. The differential mass trans-
fer ON; depends on the local properties of the surrounding
liquid. It can be calculated by the sum over all particles in
the differential volume OV

8Ni == Z 8A[7,2 . :Bz(RepmSCi) : (qu,i - Y_amb,i,z) (18)

Here z is the particle index of all particles in the volume,
is the interfacial area of particle z in the volume 9V, f. is
the mass-transfer coefficient of particle z, Re,, . is the particle
Reynolds number of particle z, Yq;, is the equilibrium con-
centration of species i at the gas-liquid interface, and Y,pp ;.
is the ambient concentration of species i near particle z in
the liquid phase.

For spherical particles (i.e., the assumption in our work),
the mass-transfer term simplifies to

aAp,z ’ :[))z (Re[kza SC‘,-) : (qu,i - Yamb‘i.,z)
— dpAZ ST Di . Shi,z(Rep,zy SC,‘) . (qu,i - _amb,i,z) (19)

when assuming that the total interfacial area of particle z is in
the volume 0V, ie., 0A,. = A, .. The standard definition’® of
the Sherwood number S#; , has been used in this work.

Reaction model

We have implemented a reaction model involving j inde-
pendent reactions. The reaction kinetics of each of these
reactions are modeled as Michaelis-Menten Kkinetics, i.e.

rj:kj'Hi—E- (20)
i Ky +Y."
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Here k; is the rate constant of reaction j, k is the running
index for all species, e;; and Ej; are the reaction exponents
of species k in reaction j, and Kj; is a reaction constant for
species k in reaction j. With this reaction model we are able
to study complex reaction networks with arbitrary order of
reaction, which are typical for biochemical reactions. As we
use only filtered concentrations without a closure for small-
scale mixing, we do not take micromixing effects stemming
from the nonlinearity of the reactions into account.”””® This
assumption is justified, as long as the characteristic reaction
time is larger than the micromixing time, i.e., the time it
takes for concentration variances on the subgrid scale to van-
ish. For the relatively slow reactions studied in this work,
this is assumption is valid.

Numerics

We use the open-source CFD package “OpenFOAM”7’
which is designed for parallel computing, and, hence, is a
good basis for future extension to very large systems con-
taining significantly more individual bubbles. OpenFOAM
uses a finite volume discretization, and offers a large number
of numerical schemes for discretizing partial differential
equations.®® In the next few paragraphs we discuss our
advanced mapping procedures and our new strategy to solve
the multiphase flow equations. Also, we shortly comment on
some details of the species transport and the bubble tracking
algorithm.

Mapping procedures

Lagrangian-to-Euler Mapping. To recover the liquid-
phase fraction ¢ in each computational cell, the volume
fraction of each individual bubble in this cell has to be
known. For arbitrary shapes of the bubble and the cell this is
computationally very expensive. Hence, an idealized shape
of the bubble has to be assumed. For example, Darmana?’
used a cubic approximation of each bubble, as this shape
allows a computationally efficient calculation and seems to
represent the bubble shape reasonably well. However, it is
difficult to account for noncubic cells of an arbitrary grid,
restricting the method to simple rectangular Cartesian grids.

Another approach has been reported by Hu and Celik®
for the mapping of Lagrangian sources terms onto an Euler-
ian grid. In their particle-in-cell-ball (PSI-ball) method they
use the distances between the centers of surrounding cells
within a defined influence radius, and the particle center as a
basis for their distribution. In this method the inverse of
these distances corresponds to the weight of the Lagrangian
source terms in each individual cell.

In our work, we use a more sophisticated approach to
recover the Lagrangian properties, i.e., the local liquid-phase
volume fraction, the momentum source term, as well as the
species source term on the Eulerian grid. While parts of our
method have been in use for some years, our numerical
implementation results in a better accuracy and reduced
computational time. Our approach consists of three steps,
i.e., (a) the determination of the cells that are in the range of
the bubble, (b) the calculation of a virtual overlapping vol-
ume of the bubble with each individual surrounding cell, and
(c) the distribution of the Lagrangian properties among the
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surrounding cells. For the first step we scan all surrounding
cells and check if the distance x4, between the cell center
and the particle center is smaller than

d
Xdist < Ep + Xeell,max- (21)

This is essential to save computational time as the cal-
culation of the virtual overlapping volume (see later) is
time-consuming. An additional feature of our implementa-
tion is that the surrounding cells are determined before
the calculation starts. This information is then saved and
loaded at each time step. Hence, we avoid searching for
all surrounding cells, which may become limiting for large
arbitrary grids. In Eq. 21, the variable Xcejmax 1S the max-
imum distance from the cell center to a cell’s boundary
point. It has to be calculated and saved for each individ-
ual cell. As we have used uniform rectangular grids in
our work, Xeemax corresponds to /3/4 of the cell length.
For step (b), i.e., the overlap calculation, we use a fourth-
order template function similar to Deen et al.®' The half
length for this calculation was set to 1.5 bubble diameters.
Hence, the computed overlap is not a physically correct
overlap of the bubble with the surrounding cell, but a vir-
tual overlap that characterizes the influence of the bubble
on this cell. Finally, we distribute the Lagrangian proper-
ties among the surrounding cells according to their relative
virtual overlapping volumes with the particle. This guaran-
tees that Lagrangian properties are conserved during the
mapping. Also, our methodology yields a sufficiently
smooth distribution of the Lagrangian properties on the
Eulerian grid. However, care must be taken during the
distribution of the particle volume. We had to impose a
lower bound on the liquid-phase void fraction ¢;, as other-
wise the filtered Navier-Stokes equation cannot be solved
efficiently. We set the lower bound of ¢ equal to 0.05 as
proposed by Darmana.?’

Euler-to-Lagrangian Mapping

The Euler-to-Lagrangian mapping is the interpolation of
the solution on the Eulerian grid at discrete particle loca-
tions. Previous studies®’**?7 frequently employed a simple
linear interpolation at the center position of the particle. This
is problematic to some extent, as the particles have a physi-
cal size, and, therefore, the value at the particle center may
not appropriately represent their environment. Furthermore,
problems with this approach have been shown by Darmana®’
in the form of spurious oscillations in the rise velocity of a
single bubble. Our analysis shows that these oscillations
originate from the fact that a relatively coarse Eulerian mesh
is used in EL simulations onto which the interface terms are
imposed. This results in a poor resolution of the effect of
these forces on the Eulerian grid. For example, it has signifi-
cant impact on the velocity field whether the particle is com-
pletely in one cell or it is crossing a cell boundary. In the
latter case the force is distributed among two or more cells.
Thus, the peak velocity is significantly smaller than in the
former case, and a slightly oscillating velocity field is
obtained. Consequently, even the best interpolation algorithm
leads to oscillations of the bubble’s rise velocity. Although
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this effect can be somewhat alleviated by the Lagrangian-to-
Euler mapping, these oscillations are directly transferred dur-
ing the mapping procedure using conventional linear interpo-
lation at the particle center position. In this work, we again
use the virtual overlapping volumes from the Lagrangian-to-
Euler mapping procedure to map Eulerian quantities at the
particle position. The value at the particle position was
obtained by summation of the product of the relative over-
lapping volume and the cell center value over all surround-
ing cells. This strategy turned out to give only insignificant
bubble-rise velocity oscillations and was computationally ef-
ficient, as the relative overlapping volumes were already
computed during the Lagrangian-to-Euler mapping.

Multiphase flow solver

The numerical solution procedures for solving the multi-
phase flow equations have been adopted from existing litera-
ture on the EE®® and the EL approach.

In the EE approach usually the pressure-implicit-split-
operator (PISO) algorithm®? is adopted to solve for the pres-
sure-velocity coupling. Also, the momentum equation is
frequently divided by the phase fraction to obtain a “phase-
intensive” momentum equation.82 This is beneficial for the
numerical solution procedure, as numerical noise is sup-
pressed at low-phase fractions. Thus, the momentum equa-
tion can be transformed into (refer to Crowe et al.>)

o(u _ _Jd(g
+pL'ﬁ'V'(SLﬁ):—EL-Vﬁ—V'(ﬁL"fL)

+eL-pL-g+ @ (22)

Taking into account the continuity equation, the third and
fourth term on the lefthand side vanish. After division by &
and p;, we obtain the phase-intensive momentum equation
for the liquid phase

Ou o p 1
E‘I‘V'(uu)——vE-ﬁ-g'v

2
X [sL.veff,L- (Vﬁ+VﬁT—3-1- (V-ﬁ))]

+g+

23
— (23)

Note that X/ - u is not equal to zero in our case, and that
I represents the identity matrix. This equation can be solved
directly imposing appropriate boundary conditions. Since the
hydrostatic pressure gradient may be significant, we exclude
this contribution from the momentum equation by defining a
modified pressure gradient according to

Vpx=Vp—p.-g (24)

The boundary condition for p* can then be approximated
by a zero gradient for static, impermeable walls. In our
work, the final momentum equation for the liquid phase that
is solved together with the continuity equation (Eq. 1) is
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Here we have abbreviated the pressure gradient term by
the definition

v _ vy (26)
oL

During the simultaneous solution of Egs. 1 and 25, the lig-
uid-phase volume fraction on the Eulerian grid is known as
this information is obtained after the Lagrangian-to-Euler
mapping. Thus, the first term on the lefthand side of Eq. 1,
i.e., the time derivative of the liquid-phase volume fraction
is known explicitly. Hence, most of the numerical algorithm
that is used for incompressible flow may be used. In this
work the PISO algorithm is adopted. Details of this algo-
rithm for single-phase flows can be found in the original
work of Issa,* as well in the publications of Nilsson®* and
Kaerrholm.® Here we focus on the handling of the velocity-
pressure coupling only, i.e., the heart of the solution algo-
rithm. The discretized momentum equation (Eq. 25) has the
general shape

dy "+ ay-w =r—vp 27)
N

Here aj and a}, are the diagonal and off-diagonal coeffi-
cients in the system of algebraic equations, respectively.
These vectors are obtained during the discretization of the
momentum equation. The vectors & and #" are the velocity
vectors at the cell center P and at the neighboring cells,
respectively. The vector r incorporates the known part of the
system, i.e., the force from the dispersed phase @, as well as
the viscous part (second term on the righthand side of Eq.
25). Next, we define an operator H(u) as follows

H(@)=r—Y day-a" (28)
N

Hence, the velocity at the cell center point P can be calcu-
lated from

" = (ap)”' [H(&) — Vp'] (29)

By multiplication with &, and applying the continuity
equation (Eq. 1), we obtain the following expression for the
pressure

u\—1 =1 uN—1gy/ = Oer

Vel (@) V) = V-l (@) HG@) + S5 (G0)

In this equation the righthand side is known from the pre-
vious calculation steps of the PISO algorithm, and the result-
ing equation can be solved for the unknown pressure p’. For
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this purpose we use fast geometric-algebraic multi-grid
(GAMG) solvers with preconditioning.79 Finally, the velocity
u” at each point P can be calculated using Eq. 29.

The aforementioned algorithm together with no-slip and
perfect-slip boundary conditions works for the special case
where the mean liquid-phase void fraction is constant over
time, i.e., the amount of liquid phase in the computational
domain does not change. However, in this work bubbles are
continuously entering and leaving the bubble column, and,
consequently, the total gas-phase volume and the mean lig-
uid-phase void fraction fluctuate over time, leading to a vari-
able fill level of the two-phase mixture in the bubble col-
umn. Therefore, in conventional Euler-Euler simulations a
top layer of the disperse phase, e.g., the gas phase, together
with appropriate boundary conditions is used to capture the
fluctuations of the fill level. However, in this work we do
not use a top layer of the gas phase as we reconstruct the
distribution of ¢ directly from the particle (bubble) posi-
tions. As we use a fixed grid, we solve all equations for a
fixed amount of the two-phase mixture. Hence, we have to
account for in- and outflow of the liquid phase as a conse-
quence of net out- and inflow of the gas phase. In the previ-
ous work of Darmana,27 for example, this problem was
solved by using “pressure cell slits” on top of the computa-
tional domain. Due to these prescribed pressure cells, hydro-
dynamic instabilities at the surface have been reported.
These instabilities were suppressed using a certain geometri-
cal configuration of the pressure cell slits.>’ In this work, we
follow a more advanced approach, in which we subtract the
net change of the void fraction in the column from the conti-
nuity equation of the liquid phase. To the best of our knowl-
edge, this approach is new and has not been documented in
literature before. Thus, we subtract or add liquid volume uni-
formly over the whole computational domain whether the
mean liquid-phase void fraction decreases or increases,
respectively. By doing so, we fully preserve the local effects
of the changing void fraction on the one hand and deal in an
elegant way with the displacement of liquid-phase volume
on the other hand. The reformulated continuity equation is

aSL _\ a'fiL,Mean

Hence, the pressure equation that we solve for is

% o 88LiMean
ot ot
(32)

V- fen - (@) 'VP) = V- fo - (a) " H(m)] +

The term Jep_ mean/Of can be evaluated explicitly from the
known local distribution of ¢ by volume averaging. This
method has the advantage that we avoid discrete locations
where liquid flows out of the domain. Consequently, we do
not observe any instability. However, this artificial addition
and removal of the liquid phase has to be taken into account
when solving the species transport equation.

The schemes for discretizing the convection terms were
second-order accurate. We have used the implicit Euler time
integration scheme with a time step giving a maximum Cou-
rant number of approximately 0.3.
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Figure 2. Geometrical setup of the “Becker” case.

Species transport

The volumetric source terms (l)N’_, as well as the chemical
source term in the species transport equation Eq. 15 were
treated explicitly. All other terms were discretized implicitly.
For the convective term a second-order accurate scheme was
used. The boundary conditions were set to zero gradient for
all walls and the top surface.

Bubble tracking

Newton’s equation of motion was solved after manipula-
tion and introducing the density ratio y, = p,/py in the fol-
lowing form

Wy 1Y 3G 1
dt ~y,+Ca © 9, +Ca p. 4d, 7,+Cs
1
Ura — C1 - U Cy- S
X Urel L 7p+CA relxw+ A V,)+CA dz(u+uﬂuct)
(33)

The subgrid-scale fluctuating velocities ug.,, were set to
zero, as it can assumed (based on previous work®>®1) that
this will not have a substantial effect on the solution.

The details of the particle tracking routine are described
in the PhD thesis of Kaerrholm.®® In this face-to-face tech-
nique each individual bubble “knows” when it is crossing a

Table 2. Process Parameters for the EL Simulations (Base

Case)

Parameter Abbreviation Value
Particle size d, 1.6 [mm)]
Gas feed rate Vg 1.6 [L/min ]
Liquid-phase viscosity VL 1-10°° [m%s]
Diffusion coefficient D; 21077 [m%s]
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cell face, and, hence, the source terms for each computa-
tional cell can be treated accurately. Using this approach, the
particle cannot cross a cell boundary without exchanging
momentum and mass with it. A more detailed description of
the numerical details can be found in MacPherson et al.*®

The following discretization of Eq. 33 was used:

o U UU (e explicit Euler integration);

e \/p is calculated using a selectable gradient scheme;

® o is calculated using a selectable gradient scheme.

The time step for the bubble tracking routine is user-
selectable and was chosen as 1/10™ of the time step used for
integrating the filtered Navier-Stokes equations.

The total force acting from the bubble on the surrounding
liquid is the opposite from the sum of the drag, lift, and
added mass force that is exerted onto the bubble. Hence, the
volumetric source term ® is the sum over all particles i in
the pertaining cell j

> i—(Fpi+Fpr;+Fy,;)

D = 34)
! AVee
Results
Multiphase flow
Setup. In this study, we have selected the ‘“Becker”

3 .
case® as a reference for our computations. The setup con-

sists of a quasi-2-D unstirred bubble column, where gas
enters a water-filled rectangular box through an excentric
sparger (sparger dia. dg = 0.04 m, distance from the left
wall x; = 0.15 m). The geometrical setup is illustrated in
Figure 2, and the system parameters are listed in Table 2. It
has to be noted here, that in the article of Becker®® a bub-
ble-size distribution has not been documented. Furthermore,

Wi !

!

7
<

(@) (b) &

Figure 3. Principal flow fields in the bubble column: (a)
snapshot of the instantaneous bubble distri-
bution (bubbles are colored according to
their velocity), and (b) time-averaged liquid-
phase velocity distribution in the bubble
column (points A and B indicate the probing
locations for Figure 4).

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]
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Figure 4. Time profiles at probing location A (a), and power spectrum of the time profile at probing location A and
B (b) (Probing locations according to Figure 3; top: LES with coarse mesh “mesh 0”, bottom: LES with

fine mesh “mesh 1”).

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]

in the Euler-Euler simulations of Sokolichin and Eigen-
berger®” only a constant slip velocity (assumed to be 0.2
m/s) has been used to model bubbles with a mean diameter
between 1 and 10 mm. Hence, a mean bubble diameter had
to be selected in our work, due to the lack of further infor-
mation. Our choice of monodisperse bubbles with a size of
1.6 mm is in accordance with the work of Hu and Celik,*
which yields a terminal rise velocity of 0.172 m/s, and is the
range specified by Sokolichin and Eigenberger.87 Also, it has
been shown by Diaz et al.®® that for low-superficial gas
velocities (ca. below 1 cm/s) the use of monodisperse bub-
bles is sufficient to reproduce experimental results for gas
holdup and the plume oscillation period. The selection of the
gas-feed rate, as well as of viscosity and diffusion coeffi-
cient, in accordance with previous experimental68 and theo-
retical®’” work in this field. The box has a width of W = 0.5
m, a depth of 0.08 m, and is filled with liquid phase (water)
up to a level of 1.5 m. Due to the excentric sparger, a non-
homogeneous distribution of the gas bubbles is observed and
an unsteady circulation loop develops in the bubble column.
The time-averaged liquid-phase flow field obtained with our
simulation is shown in Figure 3 (right). Also, we have illus-
trated the principal shape of the rising bubble swarm in
Figure 3 (left). In this snapshot we have colored the bubbles
according to their absolute velocity in the bubble column.

The gassing rate is such that the total gas hold-up is in the
range of 0.25-0.35 %, i.e., very low. To obtain time-aver-
aged data, we have averaged the simulation output over a
sufficiently long time (>100 s) to ensure that transient
effects are excluded.

Unsteady Fluid Motion in the Bubble Column. 1t is well
known, that even in the relatively simple setup considered
in this work, i.e., the Becker case, the multiphase flow is
unsteady and shows rich dynamic features. The correct pre-
diction of the unsteady motion of the gas bubbles and the
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liquid phase is essential for a correct prediction of mixing.
In order to verify our approach, we have focused on the
time profile of the vertical component (i.e., along the z-
direction) of the liquid-phase velocity at two distinct points
in the bubble column. These two points are located in the
upflow region, where a relatively high-gas holdup exists
(Point A in Figure 3b), as well as in the downflow region,
which is essentially free of bubbles (Point B in Figure 3b).
The time signals for point A, as well as the power spec-
trum (obtained by frequency analysis using the fast Fourier
transformation (FFT)) of the u,-velocity in point A and B
are shown in Figure 4 for two different meshes (mesh 0:64
x 10 x 192 = 122,880 cells; mesh 1:83 x 13 x 250 =
269,750 cells). Clearly, the time profiles (Figure 4a) for
both meshes indicate similar features, i.e., a low-frequency
oscillating motion, as well as superimposed high-frequency
fluctuations. In our work, the minimum (filtered) velocities
at point A was calculated as —0.39 and —0.30 m/s for the
coarse and fine mesh, respectively. Whereas the peak ve-
locity at point A are both 0.51 m/s for the coarse and fine
grid. These features agree very well with the LDA mea-
surements of Sokolichin and Eigenberger87 (their minimum
and maximum velocities were —0.4 and 0.8 m/s, respec-
tively), as well as the simulations of Hu and Celik™ (their
minimum and maximum velocities were —0.3 and 0.5 m/s,
respectively). A quantitative comparison of the oscillating
motion is possible when looking at the results of the fre-
quency analysis shown in Figure 4b. In point A the domi-
nating oscillation period (indicated by the highest peak in
the power spectrum) is equal to 41 s and 55 s for the
coarse and the fine mesh, respectively. The oscillation pe-
riod 7, in point B is identical for both grids and equal to
41 s. Both values agree exceptionally well with literature
data (Hu and Celik® and Becker et al.%® reported an oscil-
lation period of 41 s).
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Figure 5. Comparison of the mean vertical velocity pro-
files at z/H = 0.35 for three different grids.

The data shown for mesh 0 and mesh 1 has been averaged
over more than 100 s, data for Mesh 2 over 61.4 s. [Color
figure can be viewed in the online issue, which is available
at wileyonlinelibrary.com.]

Grid Refinement Study. In order to validate the results of
our LES/Euler-Lagrange simulations, we performed a grid
sensitivity study and compared the results to experimental
data (from Sokolichin and Eigenberger®’). We quantitatively
compared the mean vertical velocity profiles at a relative
height of z/h = 0.35 for three different mesh configurations
(mesh 0:64 x 10 x 192 = 122,880 cells; mesh 1:83 x 13 x
250 = 269,750 cells; mesh 2:120 x 19 x 360 = 820,800
cells). All meshes are uniform, i.e., locally unrefined, and
consisted of hexaeders. As can be seen from Figure 5, all
grids gave excellent agreement with the experimental data.
The mean-squared velocity differences (i.e., 1/N-Z(Umean.z.sim
— umean,z,exp)z, where N is the total number of points used
for comparison, and Upean zsim AN Umean zexp are the simu-
lated and experimentally measured z-velocity at the same
location, respectively) obtained with the different meshes are
summarized in Table 3. Mesh 1 was more accurate, whereas
mesh 2 gave significant overprediction of in the region on
the left-side of the column. It is speculated that this overpre-
diction is due to the insufficient time-averaging performed
for mesh 2, which was due to restriction in computational
time. Thus, we conclude that even with the coarsest grid the
unsteady motion of big turbulent eddies is captured accu-
rately enough. Hence, we have chosen the coarsest grid, i.e.,
mesh 0 for all subsequent simulations.

Sensitivity to the Subgrid-Scale Model. Furthermore, we
studied the influence of the subgrid-scale model on the results
for the mean flow field and the subgrid-scale viscosity in the
bubble column. The simulation included cases with (a) no sub-
grid-scale model, (b) the Smagorinsky model with C; = 0.032
as suggested by Hu and Celik,* (c) the standard Smagorinsky
model with C; = 0.16, as well as (d) a differential one-equa-
tion model with standard coefficients (C; = 0.07 and C, =
1.05). The reason for selecting the latter model is the sugges-
tion of deVilliers.*> He stated that more sophisticated dynamic
models (which are not used in this work) become quite inaccu-
rate in cases with poorly resolved wall regions. In contrast, the
differential one-equation model is a good compromise
between accuracy and computational resources needed.

The results for these four subgrid-scale models are
depicted in Figure 6, and the results for the quantitative
comparison are summarized in Table 3. Clearly, the Smagor-
insky model with a low constant of C; = 0.032 gives by far
the best prediction of the mean flow field. The dynamic
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model (Figure 6d) has no significant advantages over the
Smagorinsky model (Figure 6c), although it is computation-
ally more expensive. Both models with standard coefficients
strongly overpredict the subgrid-scale viscosity (compare the
scales for the SGS viscosities in Figure 6). As expected, the
simulation with the subgrid-scale model switched off (Figure
6a) overpredicts the mean flow field due to the absence of
subgrid-scale energy dissipation. However, the overpredic-
tion is much weaker than the significant underprediction
resulting from the standard SGS models. When looking at
the predicted subgrid-scale viscosity values (Figure 6, right),
the best model (i.e., the Smagorinsky model with C; =
0.032) shows SGS viscosity values in the order of the mo-
lecular viscosity. This substantiates once more that the effect
of the SGS velocity fluctuations on the mean flow field are
rather small. However, the absence of the SGS model led to
a too high-oscillation period (i.e., ca. 70 s for the SGS model
switched off, vs. 41 s when the Smagorinsky model is acti-
vated) compared with experimental data. Hence, it is clear
that for the multiphase simulations performed in this work
(1) the Smagorinsky model together with the wall function
approach of deVillier® is best suited for describing the sub-
grid-scale fluctuations, and (2) the standard value of Cj typi-
cally used for single-phase simulations is too high for multi-
phase flow simulations. Consequently, we have performed
all following studies using the Smagorinsky model with C;
= 0.032. The underlying physical explanation for this very
small Smagorinsky constant is most likely connected to the
dissipation of turbulent kinetic energy by the gas bubbles.
Thus, we assume that velocity fluctuations in the liquid
phase are dampened out by the deforming gas-liquid inter-
phase. This leads to a reduced amount of small-scale veloc-
ity fluctuations, which is not accounted for in the computer
model used in our work. Similar speculations can be found
in the PhD thesis of Hu.* Clearly, a more detailed analysis
of this effects require future work in this area.

Sensitivity to the Mapping Scheme. In order to test the
effect of the implemented mapping scheme, we have ana-
lyzed the oscillations that occur in the liquid-phase velocity
field when performing the full two-way coupling between
gas and liquid phase. These oscillations have been reported
also by other researchers.?” As a test case, an air bubble (d,
= 0.010 m) is tracked in a quiescent liquid (water). During
the simulation the liquid-phase velocity at the bubble’s posi-
tion was recorded, and, subsequently, plotted vs. the vertical
bubble position. The grid consisted of a rectangular box with
the dimension 5-d, x 5-d, x 10-d,, and had a grid spacing
of 1-d,. The results of this analysis are shown in Figure 7.
As can be seen, the oscillations have a wave length equal to

Table 3. Mean-Squared Velocity Differences for the Grid
Sensitivity Study, as well as for the Sensitivity to the
Subgrid-Scale Model

Simulation Case Mean Squared Velocity Difference

mesh 0 4.9 - 107" [m%s?]
mesh 1 23107 [m?/s%]
mesh 2 6.9 - 107* [m?%/s?]
mesh 0, no SGS Model 16.4 - 107* [m?/s%]
mesh 0, Cy = 0.16 52.9 - 107* [m%/s%]
mesh 0, One-Eqn. SGS Model 39.0 - 107* [m?*/s%]
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Figure 6. Comparison of the mean vertical velocity profiles at z/H = 0.35 (left), and snapshots of the subgrid-scale
viscosity for three different subgrid-scale models (right; (a) no SGS model, (b) Smagorinsky model with
Cs = 0.032 according to Hu and Celik, (c) standard Smagorinsky model with C; = 0.16, and (d) differential
SGS model; ¢ and d share the same color bar for the subgrid-scale viscosity given in m?%/s).
[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]

the grid spacing. To investigate this effect in more detail, we
have analyzed the Euler-to-Lagrangian mapping scheme
which performs the interpolation of Eulerian quantities at
discrete locations (Figure 7, top). When this mapping is per-
formed with the aforementioned advanced method, i.e., cal-
culation via the virtual overlapping volumes (green dashed
line in Figure 7, top), the oscillations of the liquid-phase ve-
locity can be reduced significantly. Furthermore, we have an-
alyzed how different settings of the Lagrangian-to-Euler
mapping influence the oscillations (Figure 7, bottom). We
present here some results connected to the overlap calcula-
tion scheme described earlier. The red continuous line (Fig-
ure 7 bottom, labeled “no skip”) corresponds to a setting
where all cells in the vicinity of the bubble’s position for the
overlap calculation are considered. This is computationally
very expensive. The other curves correspond to settings for
which cells are skipped that are out of the range of the bub-
ble. This check was performed for three different values of
Xeell.max 10 Eq. 21. The value was increased linearly from set-
ting 1 to setting 3. Clearly, when a too low value of Xceji max
was selected, the total liquid velocity was (1) higher, and (2)
the liquid-phase velocity fluctuations were significantly
larger. Therefore, we used setting 3 in all following simula-
tions. This setting required about 20% of the simulation time
compared to the case in which the virtual overlapping vol-
umes were calculated for all cell in the vicinity of the bub-
ble’s position (setting “no skip”).

Mixing and reactions

Mixing in the liquid phase of a bubble column was stud-
ied by analyzing the filtered concentration distribution Y; of
an inert or reactive scalar. The filtered concentration distri-
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bution was obtained from the species transport equation (Eq.
15) after the flow field in the bubble column had already
reached a quasi-steady state. This was the case after approxi-
mately 100 s. To analyze mixing, we either (1) set an initial
distribution of a scalar quantity in the liquid phase, i.e., mix-
ing without mass transfer, or (2) switched on mass transfer
from the bubbles, i.e., mixing with simultaneous mass
transfer.

Definition of Mixing Metrics. In order to quantify mix-
ing, we define two metrics that characterize the intensity, as
well as the scale of segregation. The intensity of segregation
is

2 1 72
0 =7 / (Yi - Yi,mean) cedV (35)

8L,mean : Vtot
Vlol

To characterize the scale of segregation (initially intro-

duced by Bothe et al.”’) we define the quantity
EL,mean * Vtot
Vlol

® is a metric for the mean driving force for mixing in the
liquid phase and has been previously used to investigate
mixing in microreactors.”®? In Egs. 34 and 35, I_/,-,mean is
the mean concentration of species i/ in the bubble column,
and V,, is the total volume of the bubble column. ¢ is the
local liquid-phase volume fraction. We have also analyzed
the local distribution of these metrics by plotting the quanti-
ties Mg = (¥; — Yimean) "> as well as mg, = VY,

Typical snapshots of these quantities are shown in Figure
8 (the base case as detailed in Table 2 using “mesh 07 is

September 2010 Vol. 56, No. 9 AIChE Journal



0.07 T .
0.06 |
0.05 |
0.04 |
= 0.03 |

0.02 |

T L]
conventional

advanced ------ E

[m/s]

Ui

0.01

0.025

0.02 -

Setting 1 —

0 1 1 I I
0 0.02 0.04 0.06 0.08 0.1

position [m]

Figure 7. Comparison of different mapping schemes
for the liquid-phase velocity at the bubble’s
center position (top: comparison of the Euler-
to-Lagrangian mapping, bottom: comparison
of different settings for the calculation of the
virtual overlapping volume).

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

shown). In Figure 8a the concentration has been made dimen-
sionless using the equilibrium concentration at the gas-liquid
interface. As can be seen from Figure 8a mass transfer from
the gas to the liquid phase is slow and after 15 s the maximum

concentration level is only about 4%. Furthermore, due to the
inhomogeneous distribution of the gas bubbles in the bubble
column, there exist regions that are totally void of dissolving
gas. From Figure 8b it can be seen, that the intensity of segre-
gation is initially small (Figure 8b, left), and increases at loca-
tions with high-mass-transfer rates and poor agitation by bub-
bles, e.g., at the top where the bubble plume becomes more
widespread. Furthermore, the local distribution of o’ (Figure
8b) indicates high values at the lower right corner. In this area
the transport of dissolved species is slowest. This is due to the
large-scale circulation pattern in the bubble column. Figure 8c
is a plot of @, i.e., it shows where local mixing occurs and
how this area changes over time. Clearly, there is a strong
driving force for mixing in the vicinity of the bubble swarm.
However, as can be seen from Figure 8c (right), significant
gradients in the concentration field are also present away from
the bubble plume (bottom right corner).

To complete our understanding of mixing, we have also an-
alyzed the volume distribution of m,. and mg. Thus, we have
calculated the cumulative volume distributions Qz(m,2) and
Q3(mg), as well as the corresponding volumetric frequency
distributions g;(m,2) and g;(mg). This analysis was performed
class-wise, i.e., we have defined 30 classes (defined by an
upper and lower limit) ranging from zero to the maximum
values of m,», as well as mg. For the distribution functions of
the intensity of segregation this can be formally written as

1
Ve N Hme s —ms ) e - AV
03(my ) e Ve ng (Mg2; — mgy) - e - AV} (37)
AQ3 (mgz ,i) Q3 (moz,i) - Q3 (mgz“,‘, )
q3 (ma;mi) = ot/ u i1 (38)

Amy: ; Mgz j — My i
(g (g oni—1

Here, H() is the heaviside function. The indices i and j
indicate the class index and the volume element index,
respectively. The upper limit of the class 7 is denoted by
mg2;, and the mean of class i by m,2 ;. For the distribution
of mg similar expressions can be derived. By analyzing
these two distributions it is possible to characterize the

0.0015

Figure 8. Contour plots of (a) concentration field Y, (b) local distribution of the intensity of segregation ¢2, and (c)
scale of segregation @ (left: t = 5 s, right: t = 15 s).

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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= 0.750; c: normalized intensity of segregation vs. time; d: normalized scale of segregation vs. time).
[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]

homogeneity of mixing in the reactor. To facilitate such an
analysis, we have fitted the frequency distribution of myg
with a logarithmic normal distribution of the form

: M (39)

Y T i R

Here, ¢ is the standard deviation, and u (1/m) is the mean
of the distribution.

Scalar Mixing without Mass Transfer. In order to analyze
the liquid-phase mixing of an inert scalar in the bubble col-
umn without mass transfer we simply switched off mass
transfer. In addition, these simulations were used to check
the accuracy of the developed method with respect to the
conservation of scalars, i.e., we monitored the total mass of
the scalar during the simulation. This conservation check
showed that the used numerical schemes and the settings of
the solver led to a conservation of the total mass of the inert
scalar within £0.2% for a total simulation time of 100 s.

The initial distributions of the inert scalar are shown in
Figure 9al to Figure 9a4. First, we analyzed which mixing
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metric is the most suitable one to be used for our studies.
Therefore, the scale and intensity of segregation are plotted
together with the normalized concentrations at two different
positions (see Figure 9b, Pos 1 refers to a position in the
corner of the bubble column, whereas Pos 2 is located in
the center of the bubble column). For this study the ‘“half-
half” initial distribution was used (Figure 9al). As can be
seen clearly from Figure 9b the time profiles of the nor-
malized concentration distributions give a highly noisy sig-
nal. The plots indicate that complete mixing is obtained af-
ter approximately 18 and 25 s for Pos 2 and Pos 1, respec-
tively. In contrast, the time profiles in Figure 9b for the
normalized intensity and scale of segregation show a
smooth profile. This is because they represent an integral
measure for mixing, and, hence, better represent the total
state of the bubble column. In addition, these curves show
characteristic points, i.e., the scale of segregation has a pro-
nounced peak after approximately 5 s and then shows a
steady decrease. This peak can be interpreted as the time
when the maximum driving force is present in the system,
i.e., where mixing is fastest. In conclusion, the mixing met-
rics ¢® and ® seem to be better suited to define mixing
time scales than concentration profiles, as the latter are

September 2010 Vol. 56, No. 9 AIChE Journal
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[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]

sensitive to local velocity fluctuations and the absolute
position in the reactor.

Second, we analyzed the effect of the initial distribution
of the inert scalar on the mixing metrics of interest (Figure
9c¢ and 9d). As can be seen from these graphs, the normal-
ized intensity of segregation (the initial value of ¢* was used
as the reference) shows large differences in the time profiles
for different initial distributions and predicts characteristic
mixing times between 9 and 17 s (deviation of £31 %, we
have taken 0%/6,> = 0.01 as “perfectly mixed”). In contrast,
the normalized scale of segregation is much less sensitive to
the initial distribution of the scalar and gives significantly
higher mixing times between about 27 and 34 s (deviation of
+11 %, we have taken ®/®,,, = 0.01 as “perfectly
mixed”). In conclusion, the scale of segregation, represent-
ing the driving force for mixing, seems to be the most
appropriate metric for investigating mixing times.

In Figure 10 we have analyzed the frequency distribution of
the scale of segregation for the case of the ‘“half-half” distri-
bution of the inert scalar. For time zero, the distribution of the

to the zone where the concentration is uniform), and at (2) in-
finity (corresponding to the interface between the region with
and without inert scalar) Clearly, for the shortest time (see
Figure 10, left) the peak near zero is still present, whereas for
higher values of the scale of segregation the curve is monot-
onically decreasing. After approximately 10 s, zones of uni-
form concentration have completely vanished. This is indi-
cated by the fact that the distribution now has a value of zero
at the origin. As mixing goes on, the distribution becomes nar-
rower and the peak is moving to a smaller value of mg, . Thus,
the concentration field becomes more uniform and the driving
force for mixing is decreasing. Interestingly, also the driving
force becomes more uniformly distributed as indicated by the
narrower distribution at later times.

In Figure 10 (right), we show the fit of the distribution of
the scale of segregation after 15 s. Clearly, the correspon-
dence between simulation results and the fitting function
(Eq. 38) is nearly perfect indicated by a root-mean-square
value of residuals for this fit of 0.00942. A detailed analysis
of this surprising finding was not performed in our work.

scale of segregation has two peaks: (1) at zero (corresponding However, it strongly suggests that the distribution of
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Figure 11. Distribution of the scale of segregation for the base case with mass transfer (d, = 1.6 mm, Vg = 1.6L/
min, mesh 0) (left: comparison of distributions for different times, right: log-normal fit of the distribution

after a time of 15 s).

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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concentration gradients in bubble columns is possibly caused
by a simple mechanism, e.g., stretching and folding of fluid
elements similar to single-phase flow.

Scalar Mixing with Mass Transfer — Distribution of the
Scale of Segregation. In Figure 11 we illustrate the distri-
bution of the scale of segregation for the base case with
mass transfer (d, = 1.6 mm, and Vg = 1.6 L/min). Similar
to the case without mass transfer the distribution becomes
almost perfectly log-normal after a certain time (see Figure
11, right). However, in contrast to the case without mass
transfer, initially no peak at mg, = oo is present. Further-
more, the slow mass transfer from the gas- to the liquid
phase leads to areas having a small scale of segregation (see
Figure 11 left, peak in the curve for t = 10 s).

Mixing with Mass Transfer — Basic Observations and
Impact of Scsgs on the Mixing Metrics. Before analyzing
the mixing in the system including mass transfer, the effect of
different values of the subgrid-scale Schmidt number Scgss on
the mixing metrics was quantified. Figure 12 shows the de-
pendency of the two mixing metrics o* and @ vs. time for two

different values of Scggs. For this analysis we set the equilib-
rium concentration at the gas-liquid interface equal to one,
i.e., the following results are also applicable to concentration
fields normalized with the equilibrium concentration.

As can be seen in Figure 12, the characteristics of the
time profiles of both mixing metrics are substantially differ-
ent from the case without mass transfer (Figure 9c—d). First,
the scale of segregation seems to reach a plateau value after
an initial increase. This means that a slightly fluctuating,
nearly constant driving force for mixing is established rap-
idly in the bubble column. Second, the intensity of segrega-
tion fluctuates significantly stronger and the fluctuations
show a characteristic frequency of approximately 40 s. This
characteristic frequency corresponds to the fluctuation of the
gas holdup (see Figure 16c, curve for d, = 1.6 mm). Thus,
when the gas holdup decreases also the intensity of segrega-
tion decreases. This effect is caused by two phenomena:
first, due to the decreased rate of mass transfer at a lower
gas holdup, the local concentration fluctuations in the bubble
column also become smaller. Second, the instantaneous

Figure 13. Concentration contour plot and bubble positions for Scsgs = 0.7 (images correspond to snapshots at t
=30s,t=32s,t=34s,t=36s,andt = 38 s from left to right, the concentration field has been
made dimensionless using the equilibrium concentration at the gas-liquid interface).

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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mixing rate is only weakly influenced by the gas holdup.
This is due to the slowly decaying liquid-phase turbulent
motion in the liquid phase. Both phenomena lead to a strong
increase in the intensity of segregation as the quadratic devi-
ations from the mean concentration are used for the calcula-
tion of &2 (see Eq. 34). To illustrate this effect, dimension-
less concentration contour plots for different times between ¢
= 30 s and t = 38 s are shown in Figure 13. Clearly, at t =
30 s a cloud of high concentration has formed at the top sec-
tion of the bubble column. At this moment, due to fluctua-
tions in the liquid-phase velocity field, the gas holdup starts
to decrease (see Figure 16¢). Subsequently, the cloud is
transported downward by the main recirculation loop and
mixed with the liquid in the lower right corner of the bubble
column (see Figure 13, images for t = 32 s to t = 38 s).
When comparing this behavior for different Scggs (see Fig-
ure 12), we observe that the magnitudes of both mixing met-
rics are very similar in both cases. Therefore, we conclude
that the subgrid-scale Schmidt number does not have a sig-
nificant impact on mixing. Hence, we used the value of
ScseS = 0.7 for all following computations in our work.

Impact of Grid Size on the Mixing Metrics. Same as for
the liquid-phase flow, we have performed a grid-sensitivity
analysis of the results for the mixing metrics. Again, we
have set the equilibrium concentration at the gas-liquid inter-
face equal to 1.

As can be seen from Figure 14, with the medium and fine
grid more details of the concentration field can be resolved,
and, hence, a larger scale of segregation @ is obtained. In
addition, it is clear that numerical diffusion decreases with
increasing mesh resolution resulting in a higher accuracy
with respect to the resolution of the concentration field.
However, as we have used identical numerical schemes
throughout this work, the effect of numerical diffusion is
identical for all simulation cases.

For the intensity of segregation (refer to the trend of
Uzav,o_loo s in Table 4) a similar trend is observed. However,
the strong fluctuation in this mixing metric prohibits a direct
comparison of the curves for different grids. This effect is
due to the sensitivity of ¢’ to the local flow field, i.e., the
grid resolution affects the flow field, and, consequently, the
gas holdup, as well as the local concentration distribution.

AIChE Journal September 2010 Vol. 56, No. 9

In conclusion, also the coarsest grid gives satisfactory re-
solution of the concentration field, and it is supposed that
trends for mixing are well captured with this grid.

In Table 4 we show the influence of a finer grid spacing on
the time-averaged mean gas holdup and different metrics for
mixing. First, the differences in the calculated gas holdups
averaged over 100 s, i.€., &G mean.0-100 s> ar€ small and are well
below 10%. Thus, the grids give essentially the same results
for multiphase flow. Second, the mixing metric ®,,, i.e., the
scale of segregation, increases with increasing mesh resolu-
tion. Thus, spatial gradients in the concentration field are
resolved better with smaller grid spacing. This gives a signifi-
cantly higher value for @,, for the finest grid. This trend is
also visible for the mean value of the distribution of mg, taken
after 60 s. Similar to the scale of segregation, the intensity of
segregation is highest for the finest grid. This is due to the
fact that (1) the concentration field is better resolved with a
finer grid, (2) numerical diffusion is reduced when using
smaller grid spacing, and (3) the intensity of segregation is a
function of the sample volume which corresponded to the vol-
ume of a computational cell, i.e., was much smaller for the
finer grid. Third, the standard deviation of the distribution of
the scale of segregation decreases with increasing grid resolu-
tion. This also reflects the higher spatial resolution of the con-
centration field, less numerical diffusion, and, hence, a nar-
rower distribution in case of a smaller grid spacing.

In summary, while the hydrodynamics seem to be unaf-
fected by the grid size, the trends in the calculated mixing
metrics show a certain grid dependency. This grid depend-
ency stems from (1) the high Schmidt numbers in the liquid
phase leading to extremely fine concentration patterns that

Table 4. Grid Dependency of Gas Holdup and Mixing
Metrics, d, = 1.6 mm, Vi = 1.6 L/min (Time-Averaging was
Performed for 60 s only for the Case Involving Mesh 2)

Parameter Mesh 0 Mesh 1 Mesh 2

{:vacan,O— 100s 0 1 87 O 1 8 1 0202

D,y 0-100s [1/m] 0.247 0.253 0.378

6% v.0-1008 224107 2.02-107* 404 -107*
Himg.60s [1/m] 0.192 0.185 0.271

Ty 608 1.02 0911 0.864

AXx [mm] 7.81 6.00 4.17
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Table 5. Influence of Bubble Size (at V; = 1.6 L/min) and Gas-Flow Rate (with d, = 1.6 mm) on Gas Holdup, Interfacial
Area and Mixing Metrics

Parameter d, = 1.6 [mm] d,=24[mm] d,=32[mm] d,=48[mm] V;=04[L/min] Vg=0.8[L/min] Vs = 3.2 [L/min]
G 0.187 0.141 0.129 0.116 0.0523 0.0923 0.357
a [m*/m?] 7.00 3.52 242 1.45 1.96 3.46 134
Hong.605 [1/m] 0.192 0.127 0.0661 0.0467 0.109 0.132 0.154
g 605 1.02 0.988 0.992 1.138 1.05 0.891 0.968

cannot be resolved with the current LES, and (2) the principal
inability of LES to yield grid independent results.”® Since it is
clear that it will never be possible to fully resolve all details
of the concentration field by using LES, it is essential to show
and recognize the trends due to different grid sizes. Clearly,
the observed trends for the mixing metrics over the grid size
are consistent. Hence, at a fixed grid size it should be possible
to compare simulation results for different operating condi-
tions. Thus, we conclude that the used grid size (i.e., mesh 0)
is suitable to study the influence of bubble size, gas-feed rate,
domain size, as well as relatively slow chemical reactions
(i.e., that are not influenced by subgrid-scale fluctuations) on
the mixing conditions in the bubble column.

Long-Term Behavior of the Mixing Metrics. For the me-
dium grid used in our work (mesh 1), we studied the long-term
behavior of the mixing metrics. With long-term behavior we refer
to the influence of the accumulated species that is transferred
from the gas to the liquid phase. In Figure 15 we show the time
profiles for 6% and ® together with curves that are of the form

y(t) = yo - exp {— ﬂ (40)

where y is one of the two mixing metrics used, i.e., ® or a2, Yo is
the mixing metric at time zero, and 7 is the time constant for
mass transfer, i.e., 1/(k.-a). Thus, Eq. 40 predicts the time
evolution of the concentration difference between the equili-
brium concentration at the interface (set equal to one in our
simulations), and the mean concentration in the liquid phase
(Eq. 40 can be derived from a simple mass balance of the
dissolving species in the liquid phase). Note, that the average of
ki-a is known from the simulations, and that y, has been
calculated by fitting y(7) to the instantaneous values for o> and
®. As can be seen from Figure 15, the function given by Eq. 39 is
able to approximate the decrease of both mixing metrics in time
reasonably well. Thus, both mixing metrics depend linearly on
the concentration difference between the gas-liquid interface
and the mean bulk concentration. This result reflects the simple
fact that the mixing metrics only depend on concentration
differences and not on absolute values for the concentration.
Effect of the Bubble Size on Mixing. In the following, we
analyzed the effect of the bubble size on the mixing in the
bubble column. For this analysis we have included mass
transfer from the gas phase to the liquid phase (equilibrium
concentration set equal to 1), and have assumed zero initial
concentration in the liquid phase. Also, we have kept the
gas-feed rate constant, i.e., the total power input into the sys-
tem is not increased (the total power input is the product of
the gas-feed rate and the pressure difference between gas
inlet and outlet). However, we expect the total mass-transfer
rate to increase with decreasing bubble size and to get simi-
lar mixing rates in the system as the power input is identical.
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The driving force, i.e., the scale of segregation, should
decrease with increasing bubble size because the total mass
transferred into the liquid bulk becomes smaller.

The time profiles for these simulations are shown in
Figure 16 and important results are summarized in Table 5.
Clearly, the initial transient for @ is similar, i.e., very fast,
for all bubble diameters indicating similar mixing rates.
However, the main difference is that, as expected, the scale
of segregation (Figure 16a), as well as the intensity of segre-
gation (Figure 16b) is smaller for the larger bubbles. In addi-
tion, the latter measure is fluctuating significantly more
strongly for smaller bubbles. This is caused by the stronger
fluctuations in the gas holdup resulting in a fluctuation of the
specific interfacial area a (Figure 16¢). Note, that the interfa-
cial area was calculated directly from the mean gas holdup
by a = &g - 6/d,. To quantify the effect of the specific inter-
facial area on @, we have calculated the dimensionless quan-
tity ®/a. As can be seen from Figure 16d, this quantity is
similar for all cases studied. Thus, an important result of our
work is that the scale of segregation is inversely proportional
to the bubble diameter. Also, the intensity of segregation
decreases with increasing bubble diameter, since the total
amount of dissolved gas and consequently its mean concen-
tration is lower due to the lower interfacial area of the larger
bubbles. Again, as we see in the insert in Figure 16d (show-
ing the first 10 s of the ®/a time profile), the initial transient
in ®/a is similarly fast indicating similar mixing rates.

Effect of the Gas-Feed Rate on Mixing. As the power
input is directly proportional to the gas-feed rate, an increase
in the feed rate should lead to an increase of the mixing
rate. In other words, the mesomixing time scale should
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Figure 15. Time profiles for the mixing metrics ¢° and
® for long times (mesh 1).

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]
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[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]

become smaller. Also, the gas holdup will increase with increas-
ing gas-feed rate, leading to a higher rate of mass transfer, and,
consequently, to an increase of the scale of segregation.

In Figure 17 the results are shown by plotting the two
mixing metrics as a function of time. Important results for
the effect of the gas-feed rate on mixing are summarized in
Table 5. As expected, in the case of Vg = 0.4 L/min, we

0.6 T

L/min

T

V,=0.4 [L/min] -----—- :

Vg;u.s Umin{ (c)
20 V=16 [Umin] J

v2=3.2 [L/min]
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observe the slowest transient in ¢~ (Figure 17b). Also, a
small increase in the scale of segregation is visible from our
simulation results. This increase is, however, significantly
less pronounced compared to the effect of the bubble size.
This is due to the fact, that the increased mass transfer rate
(see Figure 17c where we have plotted the specific interfa-
cial area a) is counterbalanced by increased mixing for the
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Figure 17. Time profiles of mixing metrics and interfacial area for different gas feed rates: (a) scale of segregation,
(b) intensity of segregation, (c) interfacial area, and (d) ratio of scale of segregation and interfacial area.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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Figure 18. Time-averaged flow field for the bubble col-
umn with (left) one half, and (right) one quar-
ter of the size as the base case (both figures
share the same color scale).

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

higher gas-feed rate. Consequently, if we try to make @
dimensionless by division by a, we do not get similar dimen-
sionless values for ®/a for different gas-feed rates (see Fig-
ure 17d). In contrast, the case with the lowest gas-feed rate,
i.e., Vg = 0.4 L/min gives the highest dimensionless value
of ®/a indicating the lowest mixing rate in the system.
Scale-Up: Effects of the Domain Size on Mixing. We also
investigated the effect of the system size on the mixing proper-
ties, and, thus, performed two additional simulations with
identical superficial gas velocity for different widths (dimen-
sion W in Figure 2) of the bubble column. The two simulations
were performed with one-half and one-quarter of the width of
the bubble column, i.e., with W = 0.25 m, and W = 0.125 m,

0.1 ®, full size
@, 1/2 size -------
D, 1/4 size ----ee--
0-0 1 L L 1
0 10 20 30 40 50 60
Time [s]

respectively. We used identical grid spacing for all these simu-
lations in order not to influence the mixing metrics. This is
especially important with respect to the calculation of the scale
of segregation ®. Also, bubble size, height to width-ratio and
the depth of the bubble column were held constant. We have
kept the depth of the column constant in order to minimize
effects stemming from different cell counts in y-direction.

In the simulations of the smaller bubble columns the
mean gas holdup, and, consequently, the interfacial area
were essentially the same as for the base case detailed in Ta-
ble 2 (see Figure 3, &z was 0.196 and 0.204 for the case
with one-half and one-quarter of the size, respectively).
Also, the mean liquid-phase velocity distribution in the bub-
ble column agreed well with that of the base case (see Fig-
ures 18 and 3b). However, the overall liquid-phase velocities
were significantly smaller for the simulations with reduced
size. For the quarter-sized column (Figure 18, right), the
recirculation zone near the top disappeared, and the main
circulation loop was significantly shifted upward. Surpris-
ingly, the time profiles for the scale of segregation for differ-
ent sizes of the computational domain compare reasonably
well with each other (see Figure 19, left). As expected, the
intensity of segregation (see Figure 19 right) is the highest
and the frequency of the oscillation is the lowest for the
full-scale bubble column. The significantly higher frequency
in the oscillation of ¢* for the smallest bubble column (Fig-
ure 19 right, /4 size) is due to the fact that all bubbles rise
almost vertically in this setup, i.e., there is no significant os-
cillation of the gas holdup (results not shown). Hence, it
seems that the intensity of segregation does not only depend
on the superficial gas velocity or the specific power input
(note that the latter is also constant as the superficial gas ve-
locity was held constant). Surprisingly, ® is only weakly
influenced by the scale (see Figure 19, left). This is an inter-
esting finding, since it provides a basis for the scale-up of
bubble columns with respect to mass transfer and mixing.

Mixing and Chemical Reactions in Fermentation Reac-
tors. In the final part of our analysis the interaction of mes-
oscale mixing with a typical fermentation reaction was
investigated. For this purpose we studied the oxygen uptake
by microorganism suspended in the liquid phase of the bub-
ble column. For typical conditions in an industrial fermenter,
the oxygen saturation concentration Yy, g, in the liquid phase

I2 l‘
4| o, full size |

410 ac, 12 gj2g ===

c°, 1/4 size -
310 | 8
210 A -
110* + [7 .
0'100 1 1 1 1 1

Time [s]

Figure 19. Effect of the size of the computational domain on the mixing metrics.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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Figure 20. Dimensionless mean concentration profiles: (a) tg = 10 s, (b) g =100 s, (c) tr = 200 s, (d) mixing met-
rics for the case with 1z = 100 s; and snapshots of the concentration profile and bubbles for the case

with g = 100s: (e)t =52s,and (fft = 70 s.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]

should be between 5 and 8 mg/L. The oxygen consumption
in such a fermentation can become significant, such that
mixing and mass transfer become rate limiting. Furthermore,
it is well known that under non-ideal conditions, the micro-
organisms excrete byproducts, e.g., ethanol and glycerol,”
leading to a reduction of the yield. Hence, a strategy to esti-
mate mixing and mass transfer in these reactors would give
better tools for an optimized design.

The kinetic expression for oxygen uptake by microorgan-
isms in fermentations can be described by, e.g., a Michaelis-
Menten-type rate equation

Yo,

— 41
Ko + Yo, (41)

ro, = koo -

Here ro; is the oxygen uptake rate, ko is a reaction rate
constant, Yo, is the concentration of oxygen in the reactor
and Ko is the Michaelis-Menten constant. Ko is typically
small compared to the equilibrium concentration of oxygen in
the liquid phase. Consequently, the oxygen uptake rate ro; is
nearly constant, i.e., we have an almost zero-order oxygen
uptake in the fermenter. For the current analysis we have
taken Ko = 5 - 10~ kg/m’, which is typical for fermentations
(e.g., refer to the analysis of Sweere et al.”* for baker’s yeast).
Ko is two-orders of magnitude smaller compared to the oxy-
gen saturation concentration Yo, ; = Yo, s = 51073 kg/m3 .

In our work we focus on relatively slow reaction kinetics
and analyze the concentration distribution, as well as the
interaction with mixing for characteristic reaction times tg
ranging from 10 to 200 s. 1z is defined as the ratio of the
oxygen saturation concentration and the reaction rate con-
stant, i.e., ©g = Yo,/ko0. Thus, compared to the mass-trans-
fer time constant in the bubble column (which can be calcu-
lated from the inverse of the average value for ki -a, yielding
approximately 400 s), the oxygen uptake by the microorgan-
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isms is faster. Furthermore, the micromixing time t,, can be
estimated using the engulfment model Eq. 42°°

=17 (E) ” 42)

A micromixing time of approximately 0.2 s is obtained
when assuming that the energy dissipation rate is uniformly
distributed in the bubble column. Thus, micromixing is at
least one-order of magnitude faster than the oxygen uptake.
Consequently, we do not need to take into account a sub-
grid-scale model for the interaction of micromixing and
reactions and can calculate the reaction rate from the filtered
concentration distribution.

In the following, our simulations are compared with
results for a well-mixed bulk phase. A simple mass balance
gives the differential equation for the well-mixed reactor

d Y02 ,mean

dt = kL “A - (YOZ,I - YOg,mean) — &L Vtot * 1o,

43)

eL  Viot *

Here A is the total gas-liquid interface, and V, is the total
volume of the multiphase mixture, i.e., the volume of the
computational domain. After inserting the kinetic expression
Eq. 41, the aforementioned equation can be numerically inte-
grated to give the time profile of Yo, mean- The comparison
of the simulated mean concentration in the bubble column
and the well-mixed reactor is shown in Figure 20a—c. In
these plots we have normalized the resulting mean concen-
tration fields by the interface concentration, ie., Yo, ;. As
can be seen, fundamental differences are caused by the oxy-
gen uptake rate. Specifically, we observe that a fast reaction
with a small reaction time constant 7 leads to a high fre-
quency in the oscillations of the mean concentration. In
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Figure 21. Normalized distribution of the scale of seg-
regation for a reactive scalar (g = 100 s).

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

addition to the high-frequency oscillation in Figure 20a, also
a low-frequency oscillation can be observed. This slow
change in the mean concentration is caused by the change of
the gas holdup, and, consequently, of the interfacial area in
the bubble column (refer to the discussion earlier in this arti-
cle and the curve for d, = 1.6 mm in Figure 16c, where we
have quantified the oscillation of the interfacial area a). For
slower reaction rates, this low-frequency oscillation is even
more pronounced and clearly visibly from Figure 20b and c.

We included two snapshots of the oxygen concentration
distribution, as well as the position of individual bubbles in
Figure 20e (at t = 52 s, i.e., where the mean concentration in
Figure 20b has a local minimum), and Figure 20f (att = 70 s,
i.e., where the mean concentration in Figure 20b has a local
maximum). Clearly, the concentration distribution is strongly
inhomogeneous in both figures and zones with nearly no oxy-
gen exist. Thus, for these system parameters mass transfer is
limiting which leads to regions starving of oxygen.

To quantify mixing under these circumstances, we have
plotted the time profiles of the mixing metrics 6% and @ in
Figure 20d. This mixing metrics correspond to the time pro-
file of the mean concentration in Figure 20b. Also, we have
made the mixing metrics dimensionless by dividing @ and
o% with Yo,; and Yo, /%, respectively. Clearly, both the nor-
malized intensity of segregation ¢°, as well as the normal-
ized scale of segregation @, are significantly smaller com-
pared to the case of nonreactive mixing (see Figure 12).
Also, the fluctuation of &2 is much smaller compared to the
case of inert mixing. The scale of segregation ® is essen-
tially constant indicating a constant mean driving force for
mixing. Finally, we have analyzed the distribution of the
normalized scale of segregation @ for the case with a reac-
tion time constant of 7z = 100 s in Figure 21 for different
times. In contrast to the case without reactions, the distribu-
tion has a peak at ® = 0. This is due to the fact, that most
of the liquid phase is depleted of dissolved oxygen, and,
hence, has zero driving force for mixing. Also, the distribu-
tion essentially does not change between the time steps that
have been studied, indicating that mixing and the chemical
reaction are balanced in this system within a very short time
period.
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Summary and Conclusion

In this work we have demonstrated that the EL approach
together with a large eddy simulation (LES) of the liquid
phase is an accurate method to study flow and mixing in
dilute bubble swarms. For the first time, we have analyzed
in detail:

e the effect of different subgrid-scale models and grid re-
solution on flow and mixing in dilute bubble swarms,

e new concepts for the quantification of mixing in multi-
phase systems,

e the distribution of the scale of segregation in multiphase
systems,

e the effect of bubble size and gas-flow rate on mixing,

e the effect of scale-up on mixing in dilute bubble
swarms, and finally

e the effect of biochemical reactions on different mixing
metrics in multiphase systems.

We have shown that the Smagorinsky model with appro-
priate model constants is able to capture well the mean flow
field in the bubble column. More sophisticated differential
models, such as the one-equation model used in this work,
do not improve accuracy. Furthermore, we have shown that
when sophisticated mapping schemes are used, the spurious
oscillations, that inevitably occur when using the EL
approach, can be suppressed to a large extent. In addition,
when using a smart scheme for checking the distance
between the particles and the cells, significant computational
time can be saved. Also, we have used a novel technique to
ensure the conservation of the liquid-phase volume on a
fixed grid that does not introduce instabilities as previously
reported by other researchers.

Our rigorous investigations have shown that the scale of
segregation @, the driving force for mixing, is an appropriate
metric to interpret mixing involving mass transfer. For
example, we have shown that the dimensionless quantity @/
a, i.e., the scale of segregation normalized with the specific
interfacial area, is constant for a certain gas-feed rate but
varies with the bubble diameter. Using this dimensionless
quantity, the principal mode of mixing, i.e., whether the
driving force increases or decreases, can be quantified. We
conclude that @ is uniquely correlated with the bubble diam-
eter, and, consequently, with the specific interfacial area for
a given power input, i.e., gas-feed rate. Also, the dimension-
less quantity ®/a is largely unaffected by the scale of the
system, i.e., ®/a will be constant at scale-up. The influence
of the gas feed rate on @ is small, such that ®/a is a func-
tion of the gas-feed rate, and, consequently, the power input.
Thus, ®/a seems to be an appropriate measure to quantify
the mixing rate in bubble columns. This effect has been
demonstrated in this work for the first time. Clearly, when
an appropriate correlation for the gas holdup and the specific
interfacial area is available, the scale of segregation can be
calculated. This can be then done by knowing the correlation
between the specific power input and the dimensionless
quantity ®/a.

Furthermore, our analysis shows that @ is almost perfectly
log-normal distributed. Thus, we anticipate that a simple
mathematical model may be derived that allows a theoretical
justification of this behavior. Also, this simple mathematical
model may be subsequently useful for estimating the yield
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and selectivity of reaction networks. This may significantly
impact the design of multiphase reactors, as one is not
forced to perform high-fidelity simulations, but can estimate
yield and selectivity from a simple model.

Furthermore, we have shown that the time scale of meso
mixing (ranging from 2—10 s) involving mass transfer is sig-
nificantly smaller than the time scale for mixing of an inert
scalar already dissolved in the liquid phase (ca. 30 s). This
is due to the fact that the dissolving gas is already distrib-
uted to some extent due to the irregular motion of the indi-
vidual bubbles. It is clear that the exact relation between
these two mixing time scales depends on the geometrical
setup of the bubble column. However, it is expected that
mixing time scales involving mass transfer are always
smaller than time scales without mass transfer for most
industrial applications.

Finally, we have investigated how mixing interacts with a
liquid-phase chemical reaction, i.e., oxygen uptake by micro-
organisms. For dilute bubble swarms we could show that the
assumption of a well-mixed bulk phase gives reasonable
agreement with our detailed numerical predictions. The
major part of the deviation between the detailed simulation
and the assumed well-mixed bulk phase is due to the fluctu-
ating gas holdup in the simulation. Hence, we conclude that
a detailed treatment of liquid-phase reactions requires infor-
mation on the gas holdup and its fluctuation. Furthermore,
the levels of the normalized values for ¢* and @ are signifi-
cantly smaller for a reactive scalar than for a nonreactive
one. Also, the principal shape of the distribution of @
changes from a log-normal (in case of an inert scalar) to a
monotonically decreasing function. The predictions for the
distribution of the mixing quantities presented in this work
may be useful for the construction of a simple mathematical
model that is able to predict yield and selectivity in reactive
multiphase systems.

Last, we want to conclude that the method presented is
also (in principle) capable of describing dense bubble
swarms. This is due to the fact that we already take the gas
holdup into account when calculating the liquid-phase con-
servation equations. Sophisticated coalescence, breakage and
bubble-bubble interaction models will be incorporated to
study also dense bubble swarms in the near future using our
method.
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Notation

ayp, ay, = coefficients in the system of algebraic equations
Across = cross-sectional area of the particle, m?
A,, = interfacial area of particle z, m*
C, = added mass coefficient
C, = model constant for the Smagorinsky model
C, = model constant for the dynamic subgrid-scale model
C; = model constant for the Smagorinsky model
Cy. = lift coefficient
C; = Smagorinsky constant
dy; = sparger diameter, m
D; = molecular diffusion coefficient for species i, m*/s
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D.s; = effective diffusion coefficient for species i, m?/s
d,, = particle diameter, m
¢;; = enumerator reaction exponent of species k in reaction j
E,;; = denominator reaction exponent of species k in reaction j
F, = added-mass force, kgm/s2
Fp = drag force, kgm/s*
Fg = gravity force, kgm/s
F; = lift force, kgm/s2
F, = force due to a pressure gradient, kgm/s*
g = gravitational acceleration vector, m/s>
H = height of the bubble column, m
H(U,) = operator involving the known part in the system of algebraic
equations
I = identity matrix
k = subgrid-scale kinetic energy, m*/s>
k;j = reaction rate constant reaction j (units depending on e; and
Ex)
ki -a = volumetric mass-transfer coefficient, 1/s
koo = zero-order reaction rate, kg/m3/s
K;; = reaction constant for species k in reaction j (units depending
on Ekj)
Ko = Michaelis-Menten constant in kg/m®
m,, = particle mass, kg
mq = local distribution of the scale of segregation, 1/m
myo = local distribution of the intensity of segregation
N; = mass transfer from the disperse phase, kg/s
p = resolved pressure, kg/m/s2
pF = n;odiﬁed pressure (excluding the hydrostatic pressure), kg/m/
s
P’ = modified kinematic pressure (excluding the hydrostatic
pressure), m2/s2
Q53 = cummulative volume distribution of a quantity
g3 = volumetric frequency distribution of a quantity
r = known part in the system of algebraic equations
o, = oxygen uptake rate, kg/m?/s
ReL; = particle Reynolds number
S = filtered strain rate tensor, 1/s
Sc; = Schmidt number of species in the liquid phase
Scsgs = subgrid-scale Schmidt number
Sh;, = Sherwood number of species i and particle z
T = thickness of the bubble column, m
u = filtered liquid-phase velocity, m/s
Umean = time-averaged liquid-phase velocity, m/s
U = particle velocity, m/s
U1 = particle relative velocity, m/s
V = volume, m’
Vs = gas-flow rate, m’/s
Vit = total reactor volume, m®
V,, = particle volume, m?
W = width of the bubble column, m
Xeellmax = Maximum distance from the cell center to a cell’s boundary
point, m
xgise = distance between the cell center and particle, m
x, = distance of the sparger’s center to the left wall of the bubble
column, m
Y ,mp,.- = ambient concentration of species i near particle z, kg/m®
Yeq1 = equilibrium concentration of species i, kg/m®
Y, = filtered concentration of species i, kg/my*
Yo, = concentration of oxygen in the reactor, kg/m3
Yoz.; = interface concentration of oxygen in the reactor, kg/m’
Yo,sat = OXygen saturation concentration, kg/m3

Greek letters

f. = mass-transfer coefficient of particle z, m/s
A = filter length, m
& = subgrid-scale energy dissipation rate, m?/s®
& = liquid-phase volume fraction, m® L/mfot
&; = gas-phase volume fraction, m;/mJ,
£L.mean = Mean liquid-phase volume fraction, m /m?
@1, = filtered liquid phase mass flux, kg/m?/s
® = volume-specific coupling force, kg/m?*/s>
@ = scale of segregation, 1/m
@y, = volumetric source term for species i, kg/m®/s
Y, = density ratio
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1t = mean of a distribution
= dynamic liquid-phase viscosity, Pa.s

Uesr, = effective dynamic liquid-phase viscosity, Pa.s
UsGs.1. = subgrid-scale liquid-phase viscosity, Pa.s

v = kinematic liquid-phase viscosity, m*/s

Verrp, = effective kinematic liquid—ghase viscosity, m?/s

pL = liquid-phase density, kg/m’
6% = intensity of segregation
o = standard deviation of a distribution
7y, = liquid-phase stress tensor, kg/m/s>
Ty = micromixing time scale, s
Tg = reaction time constant, s
w = rotation vector of the liquid-phase velocity field, 1/s
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